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Abstract 

 

Current strategies for on-line viscosity measurements employ the same principles used for off-line 

measurements in rheometers. These measurements are carried out locally, not considering the whole 

reactor content. Additionally, the flow shear rate differs in most of these measuring devices from the 

actual shear rate inside the reactor and some fluctuations in the readings might be interpreted wrongly 

as changes in the viscosity. In order to overcome these limitations, in the present work measurements 

of the overall heat transfer coefficient (𝑈𝐴) in liquid and gas-liquid stirred tank reactors with Xanthan 

solutions provide the needed information to use model equations based on the concept of energy the 

energy dissipation rate. This concept provides a unifying description of heat transfer and 

hydrodynamics in dependence of the over-all apparent viscosity in the bioreactor. Given the 

appropriate method of offline adjustment and comparison, it was possible to conclude that trough 

accurate online measurements of 𝑈𝐴, the set of used equations allowed to estimate the overall 

apparent viscosity inside the bioreactor. The obtained online measurements are accurate when the 

liquid flow is turbulent or transitional as long as it remains homogeneous throughout all the vessel; in 

aerated systems (additionally) the simultaneous condition of flooded impellers and flow strongly 

affected by circulation of bubbles must not be found. 

Key words: Overall heat transfer coefficient, stirred tank reactor, online measuring method, Xanthan 

solutions 

Introduction 

A variety of thickening agents used for food, cosmetics, 

paint, and as drilling fluid in the oil industry is produced 

biotechnologically. Most of the fermentation products 

such as xanthan, alginate, and polyglutamic acid are 

produced extracellularly or segregated into the 

fermentation broth, increasing the viscosity during the 

fermentation processes. Increasing viscosity not only is 

an indicator for the product concentration, but also 

implies several challenges for the process management 

as in practice it is the major parameter which determines 

the hydrodynamic and heat transfer conditions in a 

bioreactor (Nienow 1998): especially mixing becomes 

more and more difficult, leading to stagnant zones and 

poor oxygen supply, may result in massive foaming, and 

impairs the removal of heat from the bioreactor. 

Therefore, detailed monitoring of the viscosity inside the 

bioreactor is of great use for a fast and precise process 

control. 

Theoretical background 

Rheology 

For many materials of practical interest (such as polymer 

melts, polymer and soap solutions, synovial fluid) 

viscosity is dependent on flow conditions such as flow 

geometry, shear rate, etc. If shear thinning is the main 

phenomenon to be described, viscosity models which are 

extensions of the Newtonian model for flow of “pure” 

viscous fluids can be used (Chabra and Richardson 

2008). When significant deviations from the widely used 

power-law model exist at low and high shear rates, it is 

convenient to use a model which takes into account the 

limit values of the zero shear viscosity (𝜂0) and infinite 

viscosity (𝜂∞) (Macosko 1994). Cross (Cross 1964) found 

out that the viscosity of many suspensions could be 

described by the equation of the form: 

 𝜂𝑎𝑝𝑝 = 𝜂∞ +
𝜂0 − 𝜂∞

1 + (𝐾�̇�)1−𝑛
  (1) 

 

Online Rheometry 
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Current strategies for on-line viscosity measurements 

basically employ the same principles and model 

equations used for off-line measurements in rheometers 

(Barnes 2000). Drag on rotating geometries or stationary 

objects in the flow; absorbed energy by vibrating 

elements such as spheres, rods and blades are some of 

the common used solutions. These measurements are 

carried out locally, not considering the whole reactor 

content. Additionally, the flow shear rate differs in most of 

these measuring devices from the actual shear rate 

inside the reactor and some fluctuations in the readings 

might be interpreted wrongly as changes in the viscosity 

(Barnes 2000). This is especially relevant for non-

Newtonian liquids, for which the viscosity is dependent on 

shear rate. Still, if the liquids are being mixed in the 

laminar zone and follow mainly a Newtonian behaviour, 

the following common used equation to determine the 

shear rate in the bioreactor is valid: 

 �̇� = 𝑘1𝑁 (2) 

Combined with measured or reference values of the 

mechanical power input (𝑃), this equation can be used 

with impeller viscometers to give accurate overall 

measurements of the viscosity (Doran 2013; Nienow 

1998). In the processes mentioned in the introduction 

however, such as fermentations, the flow is turbulent 

and/or in the transitional zone and so determination of 

the viscosity from these strategies is impracticable, 

especially for non-Newtonian liquids. 

Specific shear rate in the bioreactor 

The referred limitations of the presented solutions have to 

do with the reduced information on the hydrodynamics 

and heat transfer used in the underlying model 

equations. As referred, they are both dependent on the 

over-all apparent viscosity and so more accurate models 

for the description of the bioreactor flow conditions are 

required. The concept of energy the energy dissipation 

rate is known (Kawase 1990b)to provide such a 

description, unifying both the heat transfer, as well as the 

hydrodynamics with the over-all apparent viscosity in the 

bioreactor. According to this concept theory, the shear 

rate in the bioreactor can be given by: 

 
�̇� = (

𝐶 ∙ 𝑃

𝜂 ∙ 𝑉
)

1/2

 (3) 

 

where the energy input is given by the power drawn by 

the impeller, 𝑃. 𝐶 is a constant that adjusts the shear rate 

profile according to the decay of energy dissipation rate 

along the vessel liquid volume, 𝑉.  

Some authors proposed that this decay follows 

approximately an exponential trend (especially in the 

zones away from the impeller) (Henzler 2007; Rice 2011; 

Sreenivasan 1995). Others further suggested that the 

shear conditions induced by different liquids should also 

be accounted in constant 𝐶. (Henzler 2007) suggested 

the following semi-empirical expression taking into 

account both aspects: 

 
�̇� = (

(𝐵𝑒(𝛼∙𝑛))2 ∙ 𝑃

𝜂 ∙ 𝑉
)

1/2

 (4) 

where 𝛼 is a constant; 𝐵 is a specific constant of the used 

liquid and 𝑛 is a shear factor (flow index of eq. (1)). 

(Henzler 2007) suggested that the above equation is 

valid while homogeneous mixing conditions on the vessel 

are perceived, such as the case of turbulent flow. Still, 

constant 𝐶 can be adapted to model other flow regimes 

(Kawase and Kumagai 1991; Kawase 1990a). 

Heat transfer in stirred vessels 

At least two applications of heat transfer are common in 

bioreactor operation. In situ batch sterilization of liquid 

medium and temperature control during fermenter 

operation. The equipment used for heat exchange in 

bioreactors can take several forms as an external/internal 

coil or an external jacket through which steam or cooling 

water is circulated. (Doran 2013; “VDI Heat Atlas” 1937) 

The rate at which heat is transferred between the bulk 

fluid and the cooling water (�̇�) liquids in a jacketed vessel 

across different resistances to heat transfer depends 

directly on two variables: temperature difference between 

the bulk of the hot and cold liquids (Δ𝑇𝑟,𝑗) and the overall 

heat transfer coefficient (𝑈𝐴), which includes the surface 

area available for heat exchange (𝐴): (Doran 2013; 

Incropera 2011) 

 �̇� = 𝑈𝐴Δ𝑇𝑟,𝑗 (5) 

Equation (5) can also be written in terms of a sum of all 

the individual resistances to heat transfer. 

 
𝑈𝐴 =

1

𝑅𝑣

+
1

𝑅𝑤𝑎𝑙𝑙

+
1

𝑅𝑗

 (6) 

where 𝑅𝑇 is the total resistance to heat transfer, 𝑅𝑣 and 

𝑅𝑗 are the resistances due to the vessel side and jacket 

side boundary layers and 𝑅𝑤 the resistance due to the 

vessel wall. The heat transfer resistances in each thermal 

boundary layer is be given by: 
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𝑅𝑖 =

1

ℎ𝑖𝐴
 (7) 

where 𝑖 may refer to the jacket (𝑗) or the vessel side (𝑣). 

The value of the heat transfer coefficient ℎ𝑣 in the vessel 

side is dependent on hydrodynamic boundary layer and 

so in liquid flow patterns and shear rates. It is also 

dependent on liquid properties such as thermal 

conductivity and viscosity. Then (from equation (6)), by 

measuring the overall heat transfer coefficient 𝑈𝐴 and if 

accurate models for determining both heat transfer 

coefficients with accessible experimental data exist 

alongside with parameters for determining the heat 

transfer resistance in the wall, calculation of the bulk fluid 

viscosity in the vessel is possible in concept.  

 

Semi-empirical correlations of the heat transfer 

coefficients with experimental results are determined 

indirectly through the determination of the Nusselt 

number: 

 

 
𝑁𝑢 =

ℎ𝑖𝐷𝑐𝑟

𝑘
 (8) 

 

the following equation for the determination of the 

Nusselt number is widely considered to be valid in certain 

experimental ranges (Chilton 1944; Doran 2013; 

Hudcova 1989; Radež, Hudcova, and Koloini 1991; “VDI 

Heat Atlas” 1937; Wichterle 1994) 

 

  𝑁𝑢𝑣 = 𝐶2𝑅𝑒𝑖
𝑎𝑃𝑟𝑏𝑉𝑖𝑠𝑐𝑑 (9) 

 

Apart from the possible physical interpretation of each 

dimensionless number, there is no physical justification 

for the form of the functional relationship given in 

equation (9) and all the constants are evaluated 

experimentally. In order to correctly ascertain the heat 

transfer in the thermal boundary layer, a good 

understanding of the hydrodynamic boundary layer is 

needed, as both are directly. Then, a more global and 

rational approach is based again in the concept of energy 

dissipation rate. The energy that is provided to the 

system through the rotation of the shaft or/and the 

introduction of air, and the amount that reaches the 

thermal boundary layer being transferred to the wall, is 

directly linked with the energy dissipation rate per liquid 

volume throughout the vessel (Bourne 1981; Kawase 

1990a; Kurpiers 1985; Mohan, Emery, and Al-Hassan 

1992). (Kurpiers 1985) proposed the use of a 

characteristic energy dissipation rate relating to (3). The 

constant 𝐶 was defined as an approximation to the 

amount of energy dissipation density that reached the 

thermal boundary wall: 

 

 𝐶 = 𝜉 (10) 

This author represented the relationship between the 

heat transfer and the energy dissipation rate through the 

use of dimensionless numbers, thus providing a similar 

functional form as equation (9). For the case of both 

liquid and air-liquid systems and two stirrer stages, the 

relationship holds: 

 
𝑁𝑢𝑣 = 𝐾1 {𝜉 (

𝐷

𝐷𝑖
) (

𝐷3

𝑉
) 𝑃𝑜𝑅𝑒𝑖

3

+ 𝐺𝑎𝑅𝑒𝐺}

0.238

𝑃𝑟0.362𝑉𝑖𝑠𝑐0.23 

(11) 

 

A limited number of publications are available about heat 

transfer through forced convection on the jacket side of a 

stirred vessel. For complex jacket geometries an 

empirical approach using an equation similar to (9), can 

be used. (Baker and Walter 1979) proposed the following 

expression: 

 
𝑁𝑢𝑗 = 0.019 (1 + 3.5

𝐷𝑐𝑟

𝐷
) 𝑅𝑒0.794𝑃𝑟1/3   (12) 

 

 

Materials and experimental methods 

Reactor system 

The experiments on the determination of the overall heat 

transfer coefficient were carried out in a 50 L stirred tank 

bioreactor (LP 351, Bioengineering AG, Wald, 

Switzerland), described in detail in (Regestein et al. 

2013). The liquid was equally distributed between the 

impellers, i.e. the distances of the impellers are 1/6, 1/3, 

1/3 and 1/6 of the filling volume level. The reactor is 

prepared to operate at 10 bar overpressure in the 

headspace. The mass flow �̇� of the cooling water was 

measured using a coriolis mass flow controller. Two 

temperature probes (Pt100) are installed at the water 

inlet 𝑇𝑖𝑛 and outlet 𝑇𝑜𝑢𝑡 of the cooling water system, 

respectively. The vessel diameter is 290 mm and the 

agitation system is composed of three Rushton turbines 

stages with a radius of 60 mm. The mechanical power 

input from the stirrer was measured with a torque sensor.  

 

Xanthan solutions as shear thinning model liquid 

 

The model liquid used in the present work were solutions 

of xanthan gum with concentrations of 1 to 10 g/L in 

deionized water. The xanthan gum powder was provided 

by BASF. The solutions were prepared by mixing the 
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adequate xanthan gum weight and volume of water in the 

vessel interior at 500 rpm and 30 oC, during, at least 3 

hours, in order to attain complete xanthan dissolution. 

The initial experiment was performed with deionized 

water and a solution of physiological concentration (9 

g/L) of sodium chloride. The salt was provided by Merck, 

Darmstadt, Germany (lot number 1.06404.5000). 

 

Measure of the overall heat transfer coefficient 

 

The overall heat transfer coefficient was determined 

using two calibration heaters (high performance cartridge 

heater, length: 50 mm, maximum power: 500 W, Türk & 

Hillinger, Tuttlingen, Germany) in an in-house built steel 

probe as suggested by (Voisard et al. 2002) and 

validated and described by (Regestein et al. 2013). Both 

calibration heaters are identical but one was additionally 

equipped with an integrated Pt100 temperature sensor, 

located at the tip of the heater. The total calibration heat 

flow was manually set between 80 W and 500 W in a way 

that the temperature measured in the heat probe was 

close to, but did not exceed a difference of 20 K to the 

reactor interior bulk. For each experiment (Table 1), 

several calibration cycles (one phase with the heater 

switched off and the following phase with the heater 

switched on) were carried in order to have a statically 

meaningful value of 𝑈𝐴. The standard reactor conditions 

used correspond to: Reactor temperature (𝑇𝑟): 30oC; 

cooling water flow (�̇�): 1500 kg/h; Stirring rate (𝑁): 500 

rpm; Aeration rate (𝐹𝑔): 0 vvm; Headspace overpressure: 

0 bar.  

 

Table 1 – Experimental variables of the Reactor system and 
the corresponding affected heat transfer parameter  

System variables Range of variation 

Xanthan concentration 1 - 10 g/L 
Stirring rate (𝑵) 125 -1000 rpm 

Aeration rate (𝑭𝑮) 0.25 - 2 vvm 

Headspace overpressure 0 - 3 bar 
Cooling water circuit flow (�̇�) 500 - 1500 kg/h 

 

Online data processing and modelling 

 

For calculating and modelling the Nusselt number inside 

the vessel a simplified version of (Kurpiers 1985) model 

was used: 

 

 
𝑁𝑢𝑣 = 𝐾1 {𝜉 (

𝐷

𝐷𝑖
) (

𝐷3

𝑉
) 𝑃𝑜𝑅𝑒𝑖

3

+ 𝐺𝑎𝑅𝑒𝐺}

0.238

𝑃𝑟0.362𝑉𝑖𝑠𝑐0.23 

(13) 

For the Nusselt number inside the vessel jacket (𝑁𝑢𝑗), the 

model proposed by (Baker and Walter 1979) (equation 

(12)) is used as the vessel jacket has an irregular 

geometry. The used characteristic velocity of the 

Reynolds number is calculated as an average velocity 

over the different parts of the jacket.  

The following measurands were incorporated in the 

model equations: Reactor temperature (𝑇𝑟), temperature 

of the vessel jacket inlet (𝑇𝑗,𝑖𝑛) and outlet (𝑇𝑗,𝑜𝑢𝑡), electrical 

heat power (�̇�𝑐𝑎𝑙), jacket water flow (�̇�), mechanical 

power input (𝑃), stirrer speed (𝑁), and aeration rate. 

 

Offline data acquisition, data processing and modelling 

 

The viscosity of a 450 µL sample was measured with a 

controlled shear rheometer (Physica MCR 301, Antoon 

Paar) over the shear rate of 0.1 to 3.8x104 s-1, increased 

logarithmically (10 data points per decade). The 

rheometer geometry was cone-plate. A spindle with a 

diameter of 49.945 mm cone of 0.467o, and a truncation 

of 54 µm was used (CP50-0.5/TG, Antoon Paar). The 

normal forces on the plate were also recorded as a way 

of ascertain the plastic behaviour of the samples and 

validate the offline viscosity measurements. The flow 

curve of the measured samples was fitted with the Cross 

model (equation (1)) between the shear range of 0.5 to 

104 s-1 in order to avoid measurement errors. For 

estimating the shear rate in the vessel, the model 

equation proposed by (Henzler 2007) eq. (4). For the 

offline estimation of the apparent viscosity in the vessel 

an iterative process between equation (4) and the Cross 

model (eq.(1)) is used. 

 

Results and discussion 

 

Offline viscosity measurements 

 

Offline apparent viscosity of the liquid vessel is used both 

for fitting the global heat transfer model coefficients and 

to provide a basis for comparison of on- and offline 

measurement. Often in scientific papers (Bourne 1981; 

Khare and Niranjan 1995; Radež, Hudcova, and Koloini 

1991; Sánchez Pérez et al. 2006) the power law to 

describe the rheological behaviour of a liquid with/or a 

linear relation between the impeller speed and the shear 

rates in bioreactors is used to estimate the offline 

viscosity in the liquid (equation (24)). But as these 

approximations are only valid within certain flow regimes 

and a limited range of both shear rates and rheological 

behaviours (Kawase and Kumagai 1991). Hence an 

appropriate method do define its value in accordance 
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with the xanthan rheological properties and the shear 

rate in the vessel was developed. 

 

Both the shear thinning and plastic behaviour 

characteristic of xanthan solutions are accounted with the 

Cross model. To determine which range of viscosities 

should be considered valid for fitting with the Cross 

model equation (1) in accordance with the accuracy limit 

ranges of the used rheometer geometry, analysis of the 

first normal stress differences (N1) were used. Figure 1 

depicts an example of the model flow curve fitting with 

experimental results using the Cross model for some of 

the measured samples. The viscosity increment with 

increasing concentrations is obvious. The plateau of 

zero-shear viscosity is well defined with lower 

concentrations, whereas for higher concentrations the 

onset of the power law region is less clear and seems to 

begin at lower shear rates, which is a typical behavior for 

polymer solutions with increasing concentration (Barnes 

2000; Macosko 1994). 

 

For the offline estimation of the apparent viscosity and 

characteristic shear rate in the vessel an iterative process 

between equation (4) and the Cross model (eq. (1)) was 

used. The referred iteration process implies an 

approximation. That the type of shear flow in the 

rheometer is similar to the one in the reactor as the flow 

curve produced in the first is used to adjust the shear rate 

in the reactor. Although not entirely true taking into 

account the differences between the simple shear in the 

rheometer and the complex flow in the reactor, this 

approximation is required.  

 

 

Figure 1 – Viscosity of xanthan solutions measured 
in the rheometer together with Cross model fits. 
Symbols: measured values; lines: fitted Cross 
models. 

 

Online viscosity measurements 

 

A simple way to interpret the obtained results is attained 

by comparison of the measured/estimated UA values vs 

the xanthan concentration. If the measured UA values do 

not have large measurements errors, a reduced 

difference between the estimated UA value and the 

measured one can indicate that the used global model is 

able to give accurate insight into the heat transfer and 

hydrodynamics of the vessel. As both the heat transfer 

and hydrodynamics are dependent on the apparent 

viscosity, an accurate value of the online viscosity may 

follow from the proposed global heat transfer model. The 

use of xanthan concentrations in the diagrams is also 

intended to facilitate interpretation and its value is directly 

related with the viscosity in the vessel (section 4.1). The 

error bars of the measured UA values correspond to the 

standard deviation with a confidence level of 95% relative 

to the average UA value for each experiment. 

 

Xanthan concentration influence on heat transfer 

 

It is evident a reduction in the measured value of UA with 

increasing xanthan concentration, hence viscosity. Heat 

transfer is strongly dependent on the hydrodynamic 

profiles and shear rates in the vessel bulk fluid. These, in 

turn, are dependent on the fluid rheological properties. If 

the xanthan concentration, hence the liquid viscosity, 

increases whilst all the other parameters in the system 

are kept constant, a reduction in the shear rate is 

expected (grey solid line) and so the rate of energy that 

reaches the thermal boundary layer is decreased.  

 
Figure 2 - Variation of the measured (dots) and modeled (dotted 
line) overall heat transfer coefficient with increasing xanthan 
concentration. Solid grey line represent the shear rate calculated 
with the offline measured viscosities of xanthan solutions. Reactor 

operating conditions (if not stated otherwise in the graph): 𝑇𝑟: 30oC; 
�̇�: 1500 kg/h; 𝑁: 500 rpm; (𝐹𝑔): 0 vvm. Estimated 𝑈𝐴 values obtained 

by fitting to the experiments with varying stirring rate and cooling flow. 

Regarding the model fit. The estimated 𝑈𝐴 values agree 

with the trend of the measured values. The reducing 

effect on heat transfer promoted by the increase in the 
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viscosity is explicitly accounted on the Reynolds number 

of the Kurpiers model resulting in the reduction of the 

estimated 𝑈𝐴 value. The reason for the deviation of the 

estimated 𝑈𝐴 values from the measured ones at xanthan 

concentrations of 1 and 2 g/L is unknown. 

Stirring rate influence on heat transfer 

 

Figure 3 - Variation of the measured (dots) and modeled 
(dotted line) overall heat transfer coefficient with different 
stirring rates. Reactor operating conditions (if not stated 
otherwise in the graph): 𝑇𝑟: 30oC; �̇�: 1500 kg/h; 𝑁: 500 rpm; 

(𝐹𝑔): 0 vvm. Estimated 𝑈𝐴 values obtained by fitting to the 

experiments with varying stirring rate and cooling flow. 

Figure 24 indicates an increase in the measured value of 

𝑈𝐴 with increasing stirring rate. This was expected as 

increasing stirring rates increase the flow velocity of the 

liquid, hence, the dissipation rate of energy to the thermal 

boundary layer is increased and the heat transfer is 

improved, increasing the measured UA value. The shear 

thinning characteristics of the bulk vessel fluid contribute 

to this process as their viscosity decreases with 

increasing shear rate, enhancing further the turbulent 

flow conditions. Decreasing stirring rates lead to a 

reduction in the overall heat transfer. The shear viscosity 

will increase, further reducing the mean flow velocity 

throughout the liquid in the vessel. 

For the marked points in orange in Figure 3, the 

measured UA value seem to decrease more abruptly 

than for higher stirring. This abrupt decrease of the 

measured UA value may indicate that the flow conditions 

in the vessel changed considerably. The formation of 

stagnant zones is one possible explanation as it is 

associated with a marked reduction in the turbulence 

conditions in the vessel, resulting in a reduced heat 

transfer.  

If the liquid viscosity has an increasing degree of 

viscoelasticity which the manifestation is enhanced by the 

low shear rates in the reactor, zones of stagnant fluid can 

start to appear in the outer limits of the vessel, close to 

the wall. The zones of good mixing conditions will only be 

verified close to the impellers. The model suggested by 

(Wilkens et al. 2005) was used to estimate cavern sizes 

in the vessel. The liquid yield stress was calculated with 

the Cross model according to (Barnes 2000). 

 

Figure 4 - Ratio of Cavern/Vessel diameter (𝐷𝐶/𝐷), 
calculated according to equation Error! Reference source not 
found.. Reactor operating conditions (if not stated 

otherwise in the graph): 𝑇𝑟: 30oC; �̇�: 1500 kg/h; 𝑁: 500 rpm; 

(𝐹𝑔): 0 vvm 

As can be attained from the results, for increasing 

xanthan concentrations and reduced stirrer speeds, the 

cavern diameter of well mixed liquid are reduced. This 

conclusion is in accordance with the offline viscosity 

measurements on the rheometer that indicated an 

increased viscoelasticity of the samples with viscosities 

higher than 5 g/L. With the exception of some points, all 

of them are very close or below the vessel diameter, 

hence it is reasonable to assume that for these 

experiments zones of stagnant liquid may be present in 

the vessel. 

Regarding the model fit. The estimated 𝑈𝐴 values agree 

with the trend of the measured values. The influence of 

the stirring rate on the vessel heat transfer conditions is 

accounted in the power drawn by the impeller (P), which 

increases with increasing stirring rate, and by the xanthan 

viscosity, which decreases with increasing stirring rate, 

due to its shear thinning properties. 

Still, the model does not seem so successful in 

estimating the 𝑈𝐴 value for the points where well mixed 

caverns may be present. The value of the experiment 

correspondent to 125 rpm and 10 g/L, in particular seems 

to be well-modulated though, but the measurement error 
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for this point is high in comparison with the other 

measured values and its value shall be interpreted with 

caution. One possible reason for the deviations may 

derive from the use of equation (4) as a parameter to 

obtain the specific energy dissipation rate in the vessel. 

(Henzler 2007) suggested the use of expression (4) 

should be valid when good uniform mixing conditions on 

the vessel are verified, as turbulent flow. If this 

assumption is not valid, the use of equation (4) may not 

be adequate to describe the specific energy dissipation 

rate in the vessel. Calculations with the turbulent Power 

number were also carried out and the results obtained 

were similar (results not shown). 

 

Influence of the aeration rate on the heat transfer 

 
Figure 5 – Variation of the measured (dots) and modeled 

(dotted line) overall heat transfer coefficient with 

increasing aeration rate. Reactor operating conditions (if 

not stated otherwise in the graph): Tr: 30oC; ṁ: 1500 kg/h; N: 

500 rpm; Aeration rate (Fg): 0 vvm. The estimated values were 

obtained by fitting to a selection of experiments with varying 

stirring rate, and all the experiments with cooling flow and 

aeration rate. Letters indicate different flow dynamic in the 

vessel. 

 

Figure 5 indicates two different trends in the dependence 

of the 𝑈𝐴 value with increasing aeration rate. Up to 

xanthan solutions of 3 g/L, increasing aeration rate 

reduces the overall heat transfer coefficient (a). At 5 g/L, 

the effect of increasing aeration rate is difficult to attain 

and no global trend seems to prevail (b). For 7.5 and 10 

g/L, increasing aeration rates increase the measured 𝑈𝐴 

value (c). 

 

The initial reduction of the heat transfer in the reactor with 

increasing aeration rates (Figure 5 (a)) indicates that the 

flow hydrodynamic is being hindered by the increasing 

aeration rate as bigger gas cavities of low pressure are 

forming near the impeller blades (section 2.3.3). As long 

as an increase in aeration rate hinders the flow velocity 

promoted by the rotating impeller, heat transfer in the 

vessel is reduced. This flow dynamic is typical of low 

viscosity solutions without marked signs of viscoelasticity. 

This is in accordance with the offline viscosity 

measurements on the xanthan solutions which indicated 

that the viscoelasticity manifestations started at 5 g/L. At 

5 g/L concentration (Figure 5 (b)), the heat transfer seems 

to be almost independent of the aeration rate, with 

exception for the experiment with 0.25 vvm. This can be 

a result of the impeller state. When the impeller is flooded 

the power drawn attains a constant low value and is then 

independent of the aeration rate. At this point, the heat 

transfer in the vessel also remains approximately 

unchanged with gas flow. The increase of the measured 

𝑈𝐴 value with increasing aeration rates for xanthan 

concentrations of 7.5 and 10 g/L (Figure 5 (c)) seem to 

indicate that circulatory patterns of bubbles are formed in 

vessel and promote mixing of the bulk liquid, hence the 

increased heat transfer. This is typical of solutions 

showing viscoelastic properties. Due to the increased 

stability of the large gas cavities in the impeller blades, 

the impeller is flooded even with low aeration rates. For 

high aeration rates the flow in the vessel can behave 

partially as a bubble column where circulation patterns 

promoted by large and small bubbles are more relevant. 

For a xanthan concentration of 10 g/L and 2 vvm, where 

markedly viscoelastic properties were noted in the offline 

viscosity measurements, the overall heat transfer 

coefficient is even higher than the case of a non-aerated 

vessel.  

 

On the other hand, with 0.25 vvm and 10 g/L, the 

aeration rate seems to be too small to promote circulating 

patterns of the small bubbles within the liquid. Hence, 

these will probably have an insolation effect and only the 

liquid mixing patterns promoted by the impeller rotation 

are relevant, which, because it is flooded, are reduced. In 

addition, it cannot be excluded the possible formation of 

zones with stagnant fluid, which reduce further the heat 

transfer in the vessel. 

 

Regarding the model fit. It is difficult to understand from 

Figure 5 if the used heat transfer model is able to 

estimate accurately the 𝑈𝐴 value. Kurpiers model 

accounts for the influence of the rotating impeller in the 

hydrodynamics and heat transfer mainly through the 

average power consumption (𝑃) and accounts for the 

influence of the circulating bubbles through the 

dimensionless group 𝐺𝑎𝑅𝑒𝐺. On the other hand, Henzler 

equation model does not accounts directly for any term 

related with the mixing effects induced by the circulation 

of bubbles. Although 𝑃 is also affected by the circulating 

bubbles, its value will be mainly independent of the 
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recirculation patterns of bubbles when the impellers are 

markedly flooded, which occurs with almost any aeration 

rate for highly viscous xanthan solutions (starting at 5 g/L 

especially). The shear rate adjustment parameter 𝐿2 also 

does not seem to take into account explicitly the change 

in the flow dynamic introduced by the circulating bubbles. 

In addition, the value of the power consumption (𝑃) used 

in both equations is an average over the three impellers, 

which, as mentioned before, can behave and flood 

differently from each other. If the liquid viscosity is high, 

the uniformities in their respective behaviour will be more 

accentuated. So it is expected that starting at 5 g/L, when 

the circulation bubble patterns assumes a more important 

role on the heat transfer the model will not estimate so 

accurately UA. This is patent in zone (c) of Figure 5, 

where the dashed lines are mainly constant for increasing 

xanthan concentrations ((Figure 5 (c), grey arrow). 

Albeit these limitations, it seems that the verified increase 

of the 𝑈𝐴 value resulting from the circulation of bubbles 

within the liquid for 7.5 and 10 g/L is at least accounted. 

This may be due to the fact that the sample viscosities 

measurements were carried out without removing any 

present bubbles, which resulted in a reduced viscosity. 

As the obtained value was used in Henzler equation 

model, the estimated shear rate in the vessel was 

increased in this way, accounting at least partially for the 

mixing effect produced by the bubbles.  

Further, it was also shown that the dimensionless group 

𝐺𝑎𝑅𝑒𝐺 did not significantly changed the accuracy of the 

results. Whether this is due to the experimental method 

employed to measure the sample viscosities just 

mentioned, which already take into account the bubbles 

mixing effect, or simply to model unsuitability, is 

unknown.  

Influence of the headspace overpressure on the heat 

transfer 

 

The effect of increasing the headspace pressure to 4 bar 

(3 bar overpressure) using a volumetric air flow rate of 

�̇�𝑎𝑖𝑟
𝑃𝑎𝑡𝑚 = 80 𝐿/𝑚𝑖𝑛 (equivalent to 2 vvm at ambient 

pressure) was studied. As long as the amount of gas 

(moles) and temperature in the vessel is kept constant 

(Perry 1997), the actual volumetric air flow rate in the 

vessel is given by the following equation: 

 
�̇�𝑎𝑖𝑟

𝑃𝑟𝑒𝑎𝑐𝑡𝑜𝑟 =
𝑃𝑎𝑡𝑚

𝑃𝑟𝑒𝑎𝑐𝑡𝑜𝑟

× �̇�𝑎𝑖𝑟
𝑃𝑎𝑡𝑚 = 20 𝐿/𝑚𝑖𝑛 (14) 

 

 
Figure 6 - Variation of the measured (dots) and modeled 

(dotted line) overall heat transfer coefficient with 

increasing headspace overpressure. Reactor operating 

conditions (if not stated otherwise in the graph): Tr: 30oC; 

ṁ: 1500 kg/h; N: 500 rpm; (Fg): 0 vvm. The estimated values 

were obtained by fitting to a selection of experiments with 

varying stirring rate and all the experiments with aeration rate 

and cooling flow. 

 

The results seem to be indicate two different flow 

dynamics. For xanthan concentrations up to 5 g/L, the 

measured 𝑈𝐴 value is very close to the experiments 

carried out with 0.5 vvm at ambient pressure, as 

expected according to equation (14). From 5 to 10 g/L 

the 𝑈𝐴 value is almost constant and at 7.5 and 10 g/L the 

measured values are in between the measured values 

with 2 and 0.5 vvm at ambient pressure. The deviation of 

the measured 𝑈𝐴 value from the experiments performed 

with 0.5 vvm, for high xanthan viscosities may result from 

the accumulation of bubbles within the liquid. As stated 

before, equation (14) is only valid if the amount of gas is 

the same for the system in ambient pressure and with 

increased pressure. For the xanthan concentration of 7.5 

and especially 10 g/L, this is not verified as the bubbles 

may accumulate within the liquid either from the carried 

experiment or from previous experiments due to the 

increased viscoelastic and viscoplastic properties 

 

Starting at 5 g/L the heat transfer model used does not 

seem to provide an accurate estimation of the 𝑈𝐴 value. 

Still, the verified trend at 7.5 and 10 g/L that may result 

from the accumulation of bubbles within the liquid seems 

to be at least accounted. Both the Kupiers model 

sensibility to account for the increased turbulent 

hydrodynamics due to the accumulation of bubbles and 

the use of an offline viscosity measurement without 

removing any bubbles are possible explanations for the 

obtained results and were explained in the previous 

section. 
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Precision and accuracy 

 

The average values of the standard deviation (relative to 

the obtained averaged 𝑈𝐴 value for each experiment) are 

presented in the next table for each xanthan 

concentration: 

Table 2 - Average standard deviation over all the 
measurements for each xanthan concentration used. 

Xanthan 
concentration 

1 g/L 2 g/L 3 g/L 5 g/L 7.5 
g/L 

10 
g/L 

Standard 
deviation 

2.0 
% 

1.9 
% 

1.8 
% 

3.0 
% 

2.3 
% 

5.3 
% 

 

Similar standard deviations were observed for most of the 

samples so the measured 𝑈𝐴 values (941 measurements 

in total, 10 measurements per experiment, in average) 

have a high level of precision and accuracy. The fact that 

the error bars in most of the representations used in the 

previous section were almost insignificant in all of them 

attests this statement. 

The obtained parity plot comparing the online determined 

values of the apparent viscosity with the experimental 

ones is presented in Figure 7. The plotted values 

correspond only to the measurements that the global 

model was able to fit as presented and discussed in the 

previous sections. 

 
Figure 7 – Parity plot for all the points the model proved to 
be valid. 

It is possible to understand that the used method 

successfully determined the overall apparent viscosity as 

the coefficient of variance of the linear regression is close 

to unit (r2=0.95), indicating a strong positive linear 

correlation, and so is the slope (0.91), indicating that both 

the estimated viscosity and the experimental one agree 

with each other. 

 

Conclusions and outlook 

 

Accurate measurements of the over-all heat transfer 

coefficient 𝑈𝐴 are possible over a wide range of xanthan 

concentrations and bioreactor flow conditions. 

Interpreting the 𝑈𝐴 measured variations provided 

valuable insight into the hydrodynamics and heat transfer 

of stirred aerated and stirred non-aerated tanks. As both 

hydrodynamics and heat transfer are dependent on the 

apparent viscosity, it was possible to correlate the UA 

measurements with the apparent viscosity inside the 

vessel. 

To correlate UA values with the apparent viscosity, a 

global heat transfer model based on thermo- and 

hydrodynamic equations was set up. Models to determine 

the Nusselt number for both the jacket and the vessel 

side were used. The equation for the Nusselt number in 

the vessel side was based on the concept of energy 

dissipation rate given the complexity of the vessel flow. 

Information on the power drawn by the impellers is 

required for determination of the Nusselt number in the 

vessel side. The global model was tested and fitted to the 

bioreactor in use through offline viscosity measurements. 

Different xanthan solutions were used as shear thinning 

model liquid. The Cross model (eq.(1)) was combined 

with a hydrodynamic model proposed by Henzler (eq. (4)) 

to determine the viscosity of offline samples from the 

model liquid in the reactor. The Cross model proved to be 

adequate to characterize the shear thinning behaviour 

and the existence of an apparent yield stress in xanthan 

solutions over a wide range of shear ranges. 

The mentioned set of equations used to formulate the 

global heat transfer model allowed to estimate the over-

all apparent viscosity inside the bioreactor through online 

measurements of the over-all heat transfer coefficient 

(𝑈𝐴). It is possible to state that the obtained online 

viscosity determination is precise and accurate when the 

liquid flow is turbulent or transitional.  

Limitations of the global heat transfer method were found 

when the liquid flow did not remained homogeneous 

throughout all the vessel. For non-aerated stirred vessels 

the flow is not homogeneous when stagnant zones form 

in the reactor. In addition, for aerated stirred vessels, the 

flow is not homogeneous when the impeller is flooded. 

For non-aerated stirred vessels, if the power drawn by 

the impeller is calculated with the turbulent power 

number, the model is accurate only for turbulent flows. 
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In the end it is possible to state that global heat transfer 

method provides breakthrough advantages over the 

existing measuring devices, which are not able to perform 

as accurate measurements of the over-all apparent 

viscosity in turbulent flow - which is of main interest for 

the fermentation industry. Hence, the new developed 

method for online viscosity may be tested in the future 

with real fermentations such as the biological production 

of xanthan, alginate and polyglutamic acid. 

 

Nomenclature 

 
𝐾 Consistency index    [s] 

�̇� Shear rate    [s-1] 

𝑛 Flow index    [-] 

𝐷: Vessel diameter    [m] 

𝐷𝑖: Impeller diameter    [m] 

𝜂∞: Infinite viscosity    [Pa s] 

𝜂0: Zero-shear viscosity    [Pa s] 

𝜂: Dynamic viscosity of the liquid   [Pa s] 

�̇�: Cooling water circuit mass flow  [kg/h] 

𝑁: Stirring rate    [s-1] 

�̇�𝑎𝑖𝑟: Volumetric air flow rate   [L h-1] 

𝑉: Reactor volume    [L] 

∆𝑇𝑟,𝑗: Logarithmic temperature difference between reactor and 

jacket      [K] 

𝑇𝑟:  Reactor temperature   [K] 

𝑟𝑝𝑚: Rotations per minute   [min-1] 

𝑈𝐴: Over-all heat transfer coefficient 

𝑃𝑟: Prandtl number 

𝑅𝑒: Reynolds number 

𝑁𝑢: Nusselt number 

𝐺𝑎: Galileo number 

𝑅𝑒𝐺: Reynolds gas number 
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